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A three-dimensional (3D) reactor model based on the Eulerian-Eulerian approach was applied to describe the gas-solid flow and heat transfer
performance in a radial flow moving bed reactor (REMBR). A six-lumped kinetic model for the catalytic pyrolysis of C4 hydrocarbon was employed.
The heat transfer characteristics and species concentration profiles were investigated in the reactor under various reaction conditions. Effects of
operation parameters and reactor structures on the reactor performance were also evaluated and optimized numerically. Simulation results show
that there exists a good heat transfer performance between gas and solid phases in the catalyst bed. The temperature profiles and the species yield
distributions are different with respect to bed height positions. Moreover, the results indicate that product yield is more sensitive to the reaction
temperature than to the dilution rate and the reaction residence time. For the Z-type centripetal flow REMBR, an annular tube with an inverted cone
structure is helpful to improve the uniformity of flow distribution and increase low-carbon olefins yields.
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INTRODUCTION

ight olefins (such as propylene and ethylene) as petrochem-
Lical basic organic materials are always used to produce

polyolefin. With the rapid development of the petrochemical
industry, the demand for light olefins has been growing
dramatically in China.™ In general, two common processes
for producing light olefins are steam pyrolysis of naphtha, and
catalytic cracking of heavy oil.'>!!! However, steam pyrolysis and
catalytic cracking suffer from high energy consumption and low
yield of light olefins, respectively.

In order to improve the yield of light olefins and reduce energy
consumption, researchers have extended the sources of raw
materials and developed a process of catalytic pyrolysis of light
hydrocarbons to low-carbon olefins,'® where highly active and
selective catalysts are used to improve propylene and ethylene
yields, and to reduce the yields of low value-added by-products
such as methane. Compared with the steam pyrolysis process, the
reaction temperature is lower, resulting in lower energy
consumption. In addition, for the catalytic pyrolysis process, the
distribution of the products can be adjusted flexibly by controlling
the operating conditions.

Until now, some investigations of the catalytic pyrolysis of light
hydrocarbons to low carbon olefins were reported. However, most
of them focused on fixed bed reactor or fluidized bed reactor (FBR)
experiments.®'" Basu and Kunzru!”' investigated thermal
pyrolysis and catalytic pyrolysis of naphtha in a fixed bed reactor.
Sang et al.>13 studied the catalytic pyrolysis of naphtha over a
KVO;/a-Al,05 catalyst in a vacant tube reactor. Zhang et al.!'*!
studied the reaction behaviour of FCC gasoline catalytic pyrolysis
to light olefins in a FBR, and investigated the effects of operation
conditions such as reaction temperature and residence time on

reaction behaviour. Li et al."*> investigated the reaction behaviour
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of catalytic pyrolysis of C, hydrocarbons experimentally. Addi-
tionally, some Kinetic research concerning the catalytic pyrolysis
of light hydrocarbons was also conducted. Chen et al.l'®
performed a series of experiments in a riser reactor to study the
secondary reaction process of FCC gasoline with different
operation conditions. An eight-lump kinetic model was proposed
to describe this reaction process, and the calculated results agree
well with the experimental results. Meng et al.!'”! established a
six-lump kinetic model to describe the reactions with appropriate
assumptions.

Based on the discussions above, catalytic pyrolysis of light
hydrocarbons is an effective method to produce low-carbon
olefins. For the reaction of catalytic pyrolysis of light hydro-
carbons, the deactivation of the catalyst is slow due to low carbon
content of feedstock. A reactor with the characteristics of
continuous regeneration and a long cycle of catalyst particles
may be suitable for the reaction of catalytic pyrolysis light
hydrocarbons. However, for the reactors used in former studies,
the fixed bed reactor contains poor production continuity, while
the FBR is suitable for fluidization technology since it is
characteristic in frequent regeneration of catalyst particles.
Consequently, both the fixed bed reactor and the FBR are not
suitable for catalytic pyrolysis of light hydrocarbons.!'3?) The
radial flow moving bed reactor (RFMBR), with the advantages
of “high flow capacity, low pressure drop, permitted use of
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small-particle catalysts, low particle attrition rate, uniform contact
between fluid and solids, continuous regeneration of catalyst
particles, and wide variation in solids residence time,”"?” is
demonstrated to match the characteristics of catalytic pyrolysis of
light hydrocarbons and may be used with the catalyst effectively.
Therefore, RFMBRs are more suitable for the reaction of catalytic
pyrolysis of light hydrocarbons to low-carbon olefins.

In this work, a 3D two-phase flow-reaction model containing the
Eulerian-Eulerian approach and the kinetic theory of granular
flow as well as a six-lump reaction kinetic equation is applied to
describe the reaction of catalytic pyrolysis of light hydrocarbons in
a CP-Z flow radial moving bed reactor. The reactor behaviours
such as the distribution of temperature and species concentration
are predicted. In order to provide necessary information for the
optimal design and operation of the catalytic pyrolysis process of
light hydrocarbons, the effects of the reactor structures and
operation conditions on the reactor performance are thoroughly
investigated.

SIMULATION OF THE CP-Z RFMBR

In this simulation, the selected CP-Z RFMBR is the same as that
reported in the work of Song et al.?” According to Song et al., a
complete 3D physical model was established. The selected reactor
has a length of 2 m, and consists of two perforated cylinders and a
reactor wall. The perforated cylinders are replaced by a thin
packed bed. The reactor can be divided into three sections: the
centre channel, the annular channel, and the catalyst bed channel
between two coaxial cylinders. Then, structured quadrilateral and
hexahedral grids were applied to the radial and axial directions of
the annular channel and the catalyst bed channel, respectively.
The radial direction of the centre channel was meshed with the
triangular grid and the axial direction of the centre channel was
meshed with the pentahedral grid. More detailed information
regarding the reactor configuration and dimensions is provided in
Figure 1 and Table S1.

<2

&S S T
BRI
R

AN
RS
*@Q‘;\‘ﬂm‘

o

W

e
i

<]
K
]
.Y
ALY
i
LI

KL
!
LY
i
i

3
4

...
&
S

8
)

SR
AR
e

%

<

55

3

The grids of CP-z moving bed reactor

o

oy
W2V,
FTRES

R
:“;:‘Q
o

N

A

3

s
Ili“a

L

iy

¥,

Yo tr,t

0:04:0{5
N

Reorvrast
it

U

The radial grids of CP-z moving bed reactor

The gaseous reactants are continuously fed into the reactor from
the annular channel inlet, then flow radially across the catalyst
bed centripetally, and finally flow out of the centre channel.

MATHEMATICAL MODEL AND SIMULATION METHOD

Mathematical Model

A model consisting of a complete 3D CFD Eulerian-Eulerian two-fluid
model and the Ergun resistance equation is developed to describe the
flow behaviour in CP-Z flow radial moving bed reactor. Herein, both
phases are considered to be continuous and fully interpenetrating.
The two-fluid model is closed using the kinetic theory of granular
flow, and the resistance offered by the porous walls of the centre and
annular pipes are described by Ergun resistance equation. The main
governing equations are summarized in Table $2.1*'>* On the other
hand, the six-lump reaction kinetic model suggested by Meng
etal.'”! was used to describe the complex catalytic pyrolysis reaction
of C4 hydrocarbon. “The C; hydrocarbons were divided into two
lump species, butene and butane, because the cracking performance
of butene differs from that of butane.”!’”! The targeted products,
ethene and propene, were considered as two lumps. For the by-
products hydrogen and light alkanes, because of their low yields and
similar formation mechanisms, they are considered as one lump.
Coke and liquid components were categorized as one lump due to
both coke and liquid being the products of polymerization,
aromatization, and condensation. More information regarding
reaction networks, the properties of feedstock and their kinetic
parameters are shown in Figure 2 and Tables S3-S4, respectively.
The reaction rate R; of a gaseous i is defined as

Ps
R = ki(pgci)zv (1)

where k; = ko; exp(— ﬁ).
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Figure 1. Physical model and grids of 3D CP-Z radial flow moving bed reactor.
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Figure 2. Reaction network of the 6-lump kinetic model.

In addition, the auxiliary formula of the gas mixture, standard
molar enthalpy of formation, and molar heat capacity of lumps are
listed in Tables $5-§7.[25-28

Simulation Method

The model is used to simulate the complex two-phase flow and the
catalytic pyrolysis reaction of light hydrocarbons to low carbon
olefins. In this work, the 3D simulations of the above model were
performed with the commercial CFD software FLUENT 6.3.26
(Ansys Inc., USA) in double precision mode. A commercial grid-
generation tool, GAMBIT 2.3.16 (Ansys Inc., USA) was used to
generate the 3D models of the reactor and the computational grids,
as shown in Figure 1. Source terms in different governing
equations were specified by User-Defined Functions using C
programming language, then were coupled and hooked into the
FLUENT solver.

The inlet velocity was set for both the gas phase and the solid
phase. “Pressure outlet” boundary was used at the outlet, and exit
pressure was specified. At the wall, no-slip boundary conditions
were set. More detailed information regarding the model

parameters and boundary conditions is provided in Tables S8-
59.[22’23’29]

RESULTS AND DISCUSSION

Grid Independency and Model Verification

To confirm that the CFD results are independent of the grid size,
simulations of the CP-Z flow configuration with mesh sizes of 25,
22, 20, 18, 16, and 14 mm are performed at the cold model
conditions (see Table S10). Since static pressure is an important
parameter in a reactor, its distributions along the annular channel
are used to monitor numerical errors, as shown in Figure 3. From
Figure 3 there is no obvious difference between the cases using the
grid sizes of 16 mm and 14 mm. In addition, the fine mesh (16 mm
and 14 mm) cases capture more real static pressure in this reactor
than the coarse mesh (18, 20, 22, and 25 mm) cases. Moreover,
cases using the grid sizes of 16 mm and 14 mm obtain similar static
pressure in the annular channel. Therefore, the grid size of 16 mm
is sufficiently fine for providing reasonably mesh-independent
results, and is selected as a base case and applied in the rest of the
article.

Although the reaction kinetic model adopted in this work is
deduced at a lab scale, it also can be used in our reactor due to few
influences of reactor type on the bulk reaction kinetic mechanism.
Moreover, it has been certified that the selectivity of ethylene and
propylene as well as light hydrocarbons conversion are similar
during the cracking process in both moving bed reactors and fixed
bed reactors, which indicates that the kinetic character in the fixed
bed is similar to the moving bed reactor at the same reaction
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Figure 3. Static pressure distribution in the annular channel of CP-z radial
flow moving bed reactor at different mesh size resolutions (simulation
conditions: Vg jnier = 0.86 M/, Vs jnier = 0.001m/s, e = 0.37,

P =1.01 x 10° Pa).

cases.®® Herein, the experiment data from the work of Meng
et al.'"”! are used to validate the simulation data (Table S11),
which demonstrate that there is good agreement between the
simulation and experiment data.

Heat Transfer Characteristics and Species Concentration Profiles

Temperature profile in the reactor

Figure 4 shows the temperature profiles of gas and solid phases in
the reactor. From Figure 4, the reactant temperatures in the
annular channel and the centre channel remain almost constant,
while they increase gradually along the flow direction in the
catalyst bed, and reach about 770K. The temperature gradient
decreases continually along the direction of the catalyst bed. In
addition, as the reactants from the annular channel flow into the
catalyst bed, the total mass flow increases along the catalyst bed.
This leads to contact between reactants with low temperature
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Figure 4. Temperature profiles of gas phase and solid phase in the reactor
(simulation conditions: Tgqs_inter = 673.15K, Teqr_initiat = 773.15K).
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Figure 5. Temperature profiles of gas phase and solid phase in catalyst bed
at different heights of reactors (simulation conditions: Tges_inier = 673.15K,
Teat_initiat = 773.15K).

and those catalysts loaded in the bed with high temperature. Since
there is a large temperature difference between the reactant gas
and catalyst particles, a strong heat transfer between them will be
produced. Meanwhile, an endothermic cracking reaction occurs at
these catalyst surfaces. As a result, the above coupling effects lead
to complex temperature profiles in the middle and at the bottom of
the catalyst bed.

Figure 5 shows the temperature profiles of gas and solid phases
in the catalyst bed at different reactor heights. Herein, the upper
surface of the catalyst bed serves as a reference plane: the position
in the catalyst bed is represented by the distance away from the
reference plane (similarly hereafter). As described in Figure 5,
only a slight temperature difference (less than 1.5K) exists
between the gas and solid phases in the catalyst bed at the same
reactor height. This is attributed to the high heat transfer rate
between the two phases. Since the temperature difference is slight
between the two phases, a macroscopic heat transfer equilibrium
state is established. In addition, the temperature profiles of gas and
solid phases in the catalyst bed at different reactor heights show
great difference.
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Figures 6-7 show the concentration profiles of products and of
reactants along the reactor, respectively. From Figure 6, the mass
fractions of light alkane+H,, liquid+ coke, ethylene, and
propylene increase along the flow direction in the catalyst bed.
As shown in Figure 7, the mass fraction of butene decreases along
the flow direction in the catalyst bed, while the mass fraction of
butane shows the opposite trend. Herein, a low temperature
operating condition is employed in this case, and the generation
rate of butane is larger than its consumption rate, which results in
the above distribution. In order to study the distribution of species
concentration at different heights of the reactor, the positions of
z=0.5m, z=1.2m, and z=1.7 m are selected to investigate the
distribution of species concentration.

Figures 8-9 plot the concentration distribution of products and
reactants conversion along the flow direction of the catalyst bed at
different reactor heights, respectively. It can be observed from
Figures 8-9 that there also exists some difference of species
conversion/yield distributions at different reactor heights, especially
at the lower half of the reactor. The degree of catalytic pyrolysis
decreases along the reactor due to a higher radial velocity and a
shorter residence time of gas phase, which leads to the decrease of
species conversion/yield along the reactor. From Figure 8c, ethylene
yield increases along the flow direction of the catalyst bed, while the
growth rate decreases gradually. Propylene yield increases signifi-
cantly in the first half of the catalyst bed, and then increases slightly.
In the last one-third of the bed, propylene yield almost keeps stable
(see Figure 8d). As final products, the total yield of light alkane + H,
increases progressively (see Figure 8a). Moreover, as shown in
Figure 9b, butene (as the primary feedstock) cracks rapidly in the first
one-third of the catalyst bed due to a higher reactant concentration.

Optimization of Operating Conditions

Reaction temperature

The concentration distributions of products along the flow
direction of the catalyst bed with different reaction temperatures
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Figure 6. Concentration profiles of products along the reactor (simulation conditions: Tgas_inter = 673.15K, Tear_initia = 773.15K).
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Figure 7. Concentration profiles of reactants along the reactor (simulation
conditions: Tgas inter = 673.15K, Teat_initiaa = 773.15K).

[o}]

[ Y

S —2=0.5m

- — z=1.2m
~z=1.7m

1 1 1 1 1 1 ]

0 0.02 0.04 0.06 0.08 0.1 0.12 0.14
X (m)

e e e
SN DO =N 0N
T

LightalkanetH2 content, wt%

@]

C2H4 content, wt%
w
T

2 L
—z=0.5m
1k —z=1.2m
= z=1.7Tm

0 1 1 1 1 1 1 ]

0 0.02 0.04 0.06 0.08 0.1 0.12 0.14

X (m)

are shown in Figure 10. The reaction temperature is adjusted by
varying initial catalyst temperature. The position z=1.2m is
selected to investigate the products yield and the reactants
conversion (similarly hereinafter). Figure 10a illustrates that the
yield of light alkane +H, increases with increasing the initial
catalyst temperature. Increasing initial catalyst temperature
introduces more heat into the reactor which leads to a higher
reaction temperature. In addition, the reaction of catalytic
pyrolysis of C4 hydrocarbon to light alkane + H; is an endothermic
process, so as a result, light alkane + H, yield increases with
increasing the reaction temperature. Figures 10c-d indicate that
when increasing the initial catalyst temperature from 773.15K to
923.15K, the yields of ethylene and propylene increase, whereas
the yields of ethylene and propylene decrease as the initial catalyst
temperature increases from 923.15K to 973.15 K. Compared with
the yield of propylene, the yield of ethylene increases quickly. In
catalytic pyrolysis of C4 hydrocarbon, ethylene and propylene are
intermediate products. With the increasing of the initial catalyst
temperature, the reaction temperature increases, and higher
reaction temperature leads to a higher production rate of ethylene
and propylene, which lead to higher concentrations of ethylene
and propylene. When the concentrations of ethylene and
propylene reach a sufficiently large value, the consumption rates
of ethylene and propylene are larger than their production rates.
Therefore, the yields of ethylene and propylene decrease when the
reaction temperature is over a critical value. The liquid + coke
yield generally decreases with increasing the initial catalyst
temperature (see Figure 10b). Dimerization of butene is an
exothermic process, while cracking of liquid products is an
endothermic process. By increasing the reaction temperature, the
production rate of liquid + coke decreases while the consumption
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Figure 8. Concentration distribution of products along the flow direction in catalyst bed at different heights of reactor: (a) light alkane + H,,
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rate of liquid + coke increases. Therefore, the yield of liquid +
coke decreases.

Residence time

Figures 11-12 show the concentration distribution of products and
reactants conversion along the flow direction of the catalyst bed
with different residence time. Residence time is adjusted by
varying the width of the catalyst bed, and widths of 0.119, 0.139
and 0.159 m are used. One can observe from Figure 11 that the
yields of these products increase with catalyst bed width increases.
Compared with ethylene and propylene, the yields of liquid + coke
and light alkane + H, increase more quickly. In addition, the
yields of ethylene and propylene increase slowly when increasing
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the width of catalyst bed. In catalytic cracking of C4 hydrocarbon,
ethylene and propylene are intermediate products. Long residence
time of reactants leads to high concentrations of ethylene and
propylene, which restrain their generation and accelerate
consumption. For the reactor in this study, the concentrations
of ethylene and propylene can reach a large value when the width
of catalyst bed is 0.119-0.139m. Therefore, it is useless for
enhancing ethylene and propylene yields when continuing to
increase the width of catalyst bed. The influence of residence time
on reactant conversion is shown in Figure 12. As the residence
time increases, both the conversion rates of butene and butane
increase. However, the increasing conversion of reactants mainly
converts to the by-products. Accordingly, the residence time plays
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Figure 10. Concentration profiles of product distribution along the flow direction in catalyst bed with different reaction temperatures.
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Figure 11. Concentration distribution of products along the flow direction in

an important role in the catalytic cracking reaction. In addition,
when the width of catalyst bed is larger than 0.139 m, the yields of
by-products increase more quickly than the objective products.
Therefore, with the consideration of the conversion rate and the
objective products, the most appropriate width of catalyst bed used
in this study is between 0.119 m and 0.139 m.

Optimization of Reactor Structure

From the above sections, there always exists some difference of the
flow field distribution at different reactor heights. Generally, the
improvement method is to enhance the absolute value of the
pressure drop between the annular and centre channel, but this
will consume more energy. Huang et al.®! used a choke device to
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catalyst bed with different residence times.

improve the flow uniformity by changing the cross-sectional area
of the discharge channel. According to the theory above, in this
work, the annular tube using an inverted cone structure and the 2 °
dip angle as well as the optimum operating conditions are used to
investigate the flow uniformity in this reactor.

Figure 13 shows that the normalized pressure drops along the
reactor with normal and inverted cone structures. We can observe
that the normalized pressure drop along the reactor is always 1 for
the uniform flow. Moreover, the reactor with inverted cone
structure can achieve more uniform flow than the reactor with
normal structure. For the inverted cone structure, the flow cross-
sectional area of the annular channel and mass loss decrease along
the reactor, which leads to a large pressure drop in the annular
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Figure 12. Reactant conversion along the flow direction in catalyst bed with different residence times.
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Figure 13. Normalized pressure drop along the reactor with normal and
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channel and a closer pressure distribution between the annular
and centre channels. The distribution of gas temperature along the
flow direction of the catalyst bed at different heights of reactor with
normal and inverted cone structures is shown in Figure 14. From
Figure 14, the gas temperature profiles at different heights of the
reactor with inverted cone structure are closer than those with
normal structure. In practice, the residence time increases with the
decreasing of the radial pressure drop, which leads to a large
increase of gas temperature in the first half of the catalyst bed.
Figures 15-18 show the distribution of species conversion/yield
along the flow direction of the catalyst bed at different heights of
reactor with normal and inverted cone structures. Comparing
Figures 15 and 16 to Figures 17 and 18, the distributions of species
conversion/yield along the flow direction of the catalyst bed at
different reactor heights with inverted cone structure are more
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Figure 14. Distribution of gas temperature along the flow direction in catalyst bed at different heights of reactor with normal (a) and inverted cone (b)
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Figure 15. Distribution of species yield along the flow direction in catalyst bed at different heights of reactor with normal structure.
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Figure 17. Distribution of species yield along the flow direction in catalyst bed at different heights of reactor with inverted cone structure.
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uniform than those with normal structure. In addition, using
inverted cone structure enhances the ethylene and propylene
yields due to a great increase of gas temperature in the first half of
the catalyst bed. Furthermore, butane conversion changes from
negative to positive because of the increase of gas temperature.
Detailed information of axial difference of flow field and species
conversion/yield is listed in Tables S12 and S13. From Tables S12
and S13, using an inverted cone structure can greatly shorten the
axial difference of flow field and species conversion/yield, and
increase the yields of ethylene and propylene.

As a whole, for the CP-Z radial moving bed reactor, the annular
tube containing an inverted cone structure is sure to improve the
uniformity of flow distribution, but the effect of inclination angle
on the uniformity of flow distribution in the reactor remains to be
investigated.

CONCLUSIONS

In this study, a comprehensive 3D CFD model coupled pyrolysis
reactions was used to study the heat transfer performance of gas
and solid phases and species concentration profiles in a CP-Z
reactor. Effects of operation conditions and reactor structures on
the flow field and the pyrolysis reactions were investigated. The
following conclusions were drawn.

A good heat transfer performance between gas and solid phases
in catalyst bed was identified. The temperature profiles are
complex near the gas phase entrance side of the catalyst bed,
especially in the middle part and at the bottom of the catalyst bed,
and the temperature profiles have an obvious difference at
different heights of reactor.

The product yields increase generally along the flow direction in
catalyst bed, and there also exist some differences of species
concentration profiles at different heights of the reactor.

Product yields are more sensitive to reaction temperature than
to residence time. An initial catalyst temperature of 923.15 K and a
width of catalyst bed in range of 0.119 m-0.139 m are preferable
for a higher low-carbon olefins yields in this simulation.

For the CP-Z radial moving bed reactor, the annular tube
containing an inverted cone structure positively improves the
uniformity of flow distribution and low carbon olefins yields.
However, the effect of inclination angle on the uniformity of flow
distribution in reactor remains to be investigated.
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NOMENCLATURE

oy volume fraction of gas phase

o volume fraction of solid phase

o permeability

e bed voidage

Pg gas phase density (kg/m?®)

s solid phase density (kg/m?®)

1% g gas phase velocity (m/s)

Vs solid phase velocity (m/s)

ig gas phase weighted velocity (m/s)
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Re;
Hk,g’ Hs,g

Cp,n Cls’ CZs
Gig

&g
Og
Ok
08

pressure (Pa)

particle phase pressure (Pa)

shear stress of gas phase (N/m?)

shear stress of solid phase (N/m?)

identity matrix

interphase exchange coefficient of momentum
(kg/m>-s)

turbulence kinetic energy tensor of gas phase
diffusion coefficient for granular energy
gravitational acceleration (m/s>)

radial distribution function

gas viscosity (Pa-s)

solid shear viscosity (Pa-s)

gas molecular viscosity (Pa-s)

turbulent viscosity of gas phase (Pa-s)
solid collision viscosity (Pa-s)

solid kinetic viscosity (Pa-s)

solid frictional viscosity (Pa-s)

solid bulk viscosity (Pa-s)

effective thermal coefficient (W/m-K)
granular temperature (m?/s%)
particle-particle restitution coefficient
particle diameter of porous media (m)
particle diameter of bed (m)

energy collision dissipation of energy
energy exchange between gas and solid
angle of internal friction ©

second invariant of the deviator stress tensor
drag coefficient

inertial resistant factor

source term for the momentum equation
particle Reynolds number

influence of the dispersed phases on the contin-
uous phase

coefficients in turbulence model
generation of turbulence kinetic energy due to
mean velocity gradient in gas phase
turbulence dissipation rate of gas phase
turbulent Prandtl numbers for gas phase
turbulent Prandtl numbers for k

turbulent Prandtl numbers for ¢

mixed diffusion coefficient for CFD model
(m?/s)

mass fraction of species i

Schmidt number

molecule weight of species i (kg/kmol)
enthalpy of gas phase (J/kg)

enthalpy of gas phase (J/kg)

temperature (K)

temperature of gas phase (K)

temperature of solid phase (K)

thermal coefficient of gas phase (w/m-k)
thermal coefficient of solid phase (w/m-k)
interphase exchange coefficient of energy
(w/m3-Kk)

heat released by reaction i to j (kj/kmol)
rate of reaction i (kmol/m?-s)

Nusselt number of solid phase

Prandtl number

ratio of molecule weight of species i and j
molecule weight of species i and j (kg/kmol)
heat capacity of species i and j (J/mol-k)
heat capacity of mixed gas phase (J/mol k)
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AfH{, AfH]  standard molar enthalpy of formation of species i
and j (J/mol)

Mm molecule weight of mixed species (kg/kmol)
(kg/kmol) k; reaction rate constant of lump i (g/cm®)~'-h™!
koi pre-exponential factor

E; activation energy
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